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Abstract

The main objective of this study is to introduce the short cut design method for the conceptual design of a proton electrolyte of membrane
fuel cell (PEMFC) system. Initially, as a model development of the system, this paper tends to focus on the overall system design of the fuel
cell. Basically, the system consist of five major units, namely; Auto-thermal reformer (ATR), water gas shift reactor (WGS), membrane,
pressure swing adsorber (PSA) and fuel cell stack. The ATR and WGS are designed based on the rate of reaction and variations in volume.
For membrane unit, the expression of the length and surface area are simplified in terms of NTU and HTU. The PSA process is quite
complicated and there are many parameters to be decided; therefore, we simplify the design of the PSA by introducing Daud bed utilisation
factor. For the stack design, the voltage for single cell, number of cells required, current density, power density and finally the current flow
in the stack are determined in this study. The material and heat balance of the system are also presented here. Finally the overall fuel cell
efficiency is also determined. System with power output as 5 kW of PEMFC is taken as a case study. Methanol is taken as a primary fuel
source to the ATR system, which is fed together with steam and oxygen. The conceptual design indicates that if the mole ratio of O2/MeOH
is 0.20–0.25, then the hydrogen selectivity is around 2.5–2.6 for complete methanol conversion. With that the ratio of MeOH:H2O and
MeOH:O2 are taken as 1:1.3 and 1:0.25, respectively. The conceptual design also proves that WGS reaction plays a very important role
in the reduction of the CO produced in the ATR. In the conceptual design, the ATR product contains H2: 73%, CO: 2%, and CO2: 25%.
The CO level is then further reduced to less than 2000 ppm in the WGS reactor. Hydrogen-rich reformate, which is produced by reforming
primary fuels in the fuel processor system contains significant amount of CO, is further reduced by tubular ceramic membrane (TCM)
and a pressure swing adsorber (PSA) in series. From the overall material balance, it is observed that the final concentration of hydrogen
is purified to 99.99% with the concentration of CO is reduced to less than 10 ppm before entering the fuel cell stack. Finally this paper
will calculate the overall heat balance of the system in order to calculate the power plant efficiency. The gross efficiency of the system is
calculated as 49.3% while the net efficiency of the system after considering the parasitic load is estimated as 45.5%.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction

With the aim of obtaining vehicles with the intrinsic pos-
sibility of zero emission, new solutions of the problem were
examined and tested in the early 1990s. One of the most
promising technologies for obtaining the desired result is
represented by the fuel cell. Industrial solutions using this
electrochemical device in the automotive industry are the
proton-exchange membrane fuel cells, producing electrical
energy at low working temperature with high efficiency
[1–5]. Furthermore, these systems offer the best solution for
reducing pollution to zero in city centres. Other advantages
of PEMFCs include: (1) the flexibility with respect to power
and capacity achievable devices for energy conversion and
energy storage, (2) the long lifetime and long service life,
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(3) the good ecological balance, (4) very low self-discharge,
(5) the low power methanol fuel cells for mobile phone in
hybrid system with batteries[6–9], and micro-fuel cells are
required for hand held PCs in the sub-Watt range[10,11].

Basically, this paper is divided into four sections. The first
section of this paper introduces the PEMFC system and the
guideline of this paper. The second section will explain the
overall system design and present the shortcut design method
for each major unit in the system; the auto-thermal reformer
(ATR), water gas shift reactor (WGS), tubular ceramic mem-
brane (TCM), pressure swing adsorber (PSA) and fuel cell
stack, that can be used as quick, fast and reliable method for
initial conceptual design. The following section will present
the overall material and heat balances of the system. Finally
the last section will determine the PEMFC system efficiency.
A power output of 5 kW of PEMFC is taken as case study.

The fuel source used in this system is methanol since
methanol is the most promising organic fuels as compared

1385-8947/$ – see front matter © 2004 Elsevier B.V. All rights reserved.
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Nomenclature

A cell active area (cm2)
AM surface are of membrane (cm2)
A0 pre-exponential factor

(mol(min gcatkPa0.22)−1)
c concentration in gas phase (mol/m3)
c∗ equilibrium concentration (mol/m3)
CH2,O2 molar concentration of H2/O2 in

electrolyte (mol/m3)
Cref

H2,O2
molar concentration of H2/O2 in
electrolyte at standard condition (mol/m3)

dp pore diameter (cm)
D diffusivity (m2 s−1)
DL axial dispersion
Dp bed diameter (cm)
Dt tube diameter (cm)
Dagg gas diffusivity in electrolyte (m2 s−1)
Ea activation energy (kJ/mol)
F Faraday constant (96,487 C)

96,487 A s mol−1

FA output flow of component A (mol/min)
FA0 feed flow of component A (mol/min)
FMeOH feed flow of methanol (mol/min)
�Gec standards Gibbs activation energy

(kJ/mol)
H Henry’s law coefficient (Pa m3 mol−1)
HTU height of heat transfer unit
i current (A)
i0 exchanges of current density (A/m2)
k mass transfer coefficient
k1,k2 rate constant (mol/kgcats)
K permeability (gmol cm/(cm2 s atm))
Keq rate constant equilibrium (mol/kgcats)
Kn Knudsen number
lM membrane thickness (cm)
L length (cm)
Lb bed length (cm)
M molecular weight (kg mol−1)
nF feed flow rate (mol/min)
nP permeate flow rate (mol/min)
nR retentate flow rate (mol/min)
nT number of tube
N flux (kmol/m2 s)
NTU number of heat transfer unit
P pressure (Pa)
PCO partial pressure of CO (Pa)
PCO2 partial pressure of CO2 (Pa)
PH2 partial pressure of H2 (Pa)
PH2O partial pressure of water (Pa)
p∗

H2
, partial pressure for hydrogen at anode (Pa)

PH2O
PO2 partial pressure of O2 (Pa)
p∗

O2
partial pressure for oxygen at anode (Pa)

q concentration in adsorbed phase (mol/L)
QF volumetric flow rate of feed (m3/min)
rp pore radius (mm)
rSRM steam reforming rate (mol/kgcats)
rWGS reaction rate for WGS reaction

(mol/kgcats)
R ideal gas constant

(8.314 kg m2 s−2 mol−1 K−1)
Rg molecule radius (Å)
Ragg radius of electrolyte (m)
Re Reynolds number
S specific surface area of electrode

(cm2 cm−3)
Sc Schmidt number
Sh Sherwood number
tideal ideal time (s)
T temperature (K)
u interstitial velocity (cm/s)
V volume (cm3)
Vc voltage of single cell (V)
w width of gas channel (cm)
xr mole fraction for retentate
XA conversion of component A
XMeOH mass fraction of methanol
yA mole fraction of component A
yp mole fraction for permeate
z bed length (cm)

Greek letters
α separation factor
δ Daud’s bed utilisation parameter
δl electrodes thickness on active area (cm)
εp bed porosity
ε dry voidage on electrodes (cm)
θ ratio of np/nf

µ viscosity (m2/s)
ν diffusivity volume
ξ dimensionless length
τkn tortuosity
τ dimensionless time
ρ gas density (g/m3)
φm potential of membrane (V)
φs potential of electrodes (V)
�φeq potential different between the electrodes

and membrane at equilibrium (V)

Subscripts
a anode
c cathode
F feed
M methanol
MO methanol at initial stage
O2 oxygen
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O20 oxygen at initial stage
R recycle
S steam
S0 steam at initial stage
T tube
V volume
1,2 components 1 and 2

to hydrogen: high solubility in aqueous, electrolytes, liq-
uid fuel available at low cost, easily handled as well as
transported and stored, high theoretical density of energy
(6 kWh/kg) and many experts consider methanol as an ideal
hydrogen carrier[2,5], Heizel et al. (2003)[9,12–14]. Be-
sides methanol, steam and oxygen (or air) are also used as
feed source to produce hydrogen.

2. Overall system design

Fig. 1 shows the schematic diagram of PEMFC system
currently proposed for this study. The main electric power
generator in the system is the fuel cell stack (that contains
the anode, cathode, PEM and cooling plates) as shown in
the diagram. The following paragraphs explain the layout in

Fig. 1. Schematic diagram of proposed PEMFC system in this study.

terms of the flows of oxygen (or air), fuel, processed water,
exhaust gases and stack coolant.

Beginning at the right-bottom, air passes through an oxy-
gen concentrator unit in order to separate the O2 from N2.
This stream will split into two main streams. The smaller
oxygen (or air) flow is preheated and fed to an ATR reac-
tor. On the other hands, the larger oxygen (or air) that flows
to the HUM 1 is humidified and cooled by injecting liquid
water prior to being supplied to the cathode inlet of the fuel
cell stack.

The fuel flow circuits begin at the fuel tank (methanol).
From the tank, it is pumped to the fuel vaporizer where it
is heated and vaporized by the hot stream exhaust gas. It
is then fed to the ATR where it reacts with the preheated
air and superheated steam to yield the raw reformate. The
hot reformate is used to superheat the ATR steam feed. It
may then be mixed with additional water and fed to WGS
reactor. The fuel gas leaving this reactor will pass through
the water adsorber unit. The purpose of this unit is to remove
the excess water in the stream before entering the membrane
units. The flow that leaves the membrane unit is then cooled
by lowering the temperature of the inlet oxygen (or air) and
subsequently vaporized the feed methanol to ATR before
entering the adsorber. Finally the purified hydrogen fuel flow
will be humidified to 100% by HUM 2 and will enter the
anode side of the stack.
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2.1. Model development for shortcut design method

Generally the system proposed in this study (as referred
to Fig. 1) can be divided into five major components namely,
the fuel processor units (ATR and WGS reactor), hydro-
gen purification unit (membrane and PSA) and fuel cell
stack.

2.2. Autothermal reformer (ATR)

Conceptually, coupling the partial oxidation, POX and
steam reforming, SR (POX-SR) in a single reaction unit is
called an auto-thermal reforming. ATR (stand-alone-reactor)
could yield an energetically self-sufficient system for the
production of H2 [2], Heizel et al. (2003)[9,15–18]In other
words, the process can be made thermally self-sustaining
with no need for an external heat exchange. The ATR
involves producing H2 from methanol and steam while
co-feeding with oxygen. The conversion of auto-thermal
methanol steam to hydrogen combines two reactions
namely, the highly endothermic steam reforming,

CH3OH + H2O → CO2 + 3H2 = r1 (1)

and exothermic partial oxidation,

CH3OH + 0.5O2 → CO2 + 2H2 + CO = r2 (2)

Both reactions produce hydrogen at different selectivity. Due
to that, the selection of the feed ratio is very important in
order to produce a high purity of hydrogen with necessary
heat supply for the endothermic SR process by exothermic
POX. Assuming the POX is a very fast reaction and the O2
is supplied in limited condition, then the selectivity of H2
over methanol and steam are given as below:

SH2 = 3 − 2M0

XM
, M0 = CO20

CM0
(3)

SH2 =
(
MSXS

XM
+ 2

)
, MS = CS0

CM0
(4)

However, the selectivity will be based on the selectivity of
oxygen because oxygen is supplied in limited amount while
steam needs to be in excess in order to avoid reverse WGS
reaction to occur. Assuming the pressure is constant in the
ATR during the reaction and considering the varying-volume
(or varying density),εV, the volume is linearly related to the
conversion, or

V = FM0

ψρ(1 − ε)

∫ X

0

(1 + εVXM)
2 dx

k1C
2
M0(1 − XM)(MS − MM) + k2C

1.5
M0(1 + εVXM)0.5(1 − XM)(M0 − XM)0.5

(5)

whereFM0 is the feed flow rate of methanol,ρ the catalyst
density,ε the voidage of catalyst andψ the dimensionless
parameter for temperature.Eq. (5)can be solved graphically
through integration or numerically using Simpson rule if the
value ofk1 andk2 are known.

2.3. Water gas shift reactor (WGS)

The other step of fuel processing is a water gas shift
reaction (WGS). WGS is considered as secondary hydro-
gen producer and primary CO clean-up system. The carbon
monoxide in the presence of steam will be converted to car-
bon dioxide and hydrogen. Although the typical industrial
operating temperature for WGS reaction in fixed bed reactor
ranges from 330 to 530◦C, however, this reaction is ther-
modynamically favoured at lower temperatures[8,18,19]

CO+ H2O ⇔ CO2 + H2 = r3 (6)

The selectivity of H2 based on the CO in the feed stream to
WGS reactor is given by

SH2/CO = CS0XCO

CCO0XCO
= CS0

CCO0
(7)

From Eq. (7), it is observed thatCS0 is proportional to hy-
drogen or carbon dioxide selectivity. Steam needs to be sup-
plied in excess in order to yield more hydrogen by avoiding
the reverse WGS from occur[18–20]. At constant pressure
and isothermal condition, the volume of WGS reactor con-
sidering the recycle stream is predicted as below:

V = (R + 1)
FCO0

k3ρ(1 − ε)C2
CO0

∫ XCO,F

(R/(R+1))XCO,F

× (1 + εWXCO)
2 dx

(1 − XCO)(M
′
S − XCO)

(8)

2.4. Tubular ceramic membrane (TCM)

The reformate from fuel processor units consists of hy-
drogen, carbon dioxide, carbon monoxide and residues of
hydrocarbons. In this study, two separation units are intro-
duced namely, the membrane unit and adsorber. Both mem-
brane and adsorber will be operated in parallel to gain the
product purity as 99.9% hydrogen and CO less than 10 ppm.
Both porous and non porous (dense) inorganic membranes
can be used as selective gas separation barriers. The separa-
tion factors of porous membranes are however much lower
than those of Pd alloys, unless the pores are of molecular
dimension. However due to hydrogen embrittlement, a phe-
nomenon in which dissolved hydrogen tends to cause lat-
tice expansion in the metal; eventually causing it to rupture

on repeated pressure and temperature cycling, the new de-
velopments of porous membranes have given rise to many
possibilities for catalytic membranes reactors[8], Hohlein
et al. (2002).
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The local permeation rate of component A over differen-
tial membrane area, dAM, at any point in the stage is given
as

y1 dn = K1 dAM

lM
[x1PF − y1PP] (9)

AM =
∫ feed

retentate

lMy1 dn

PM,1(x1PF − y1PP)

= lM

PFK1

∫ X1R

X1F

y1 dn

x1 − ry1
(10)

Since the modelling is rated-based, the length of both mod-
ules could be expressed as the product of the height of a
transfer unit (HTU) and the number of transfer unit (NTU).

Eq. (10)could be rewritten in the form of NTU and HTU
by

L= NTU × HTU = AM

nTπD

= lM

PFK1nTπD

∫ X1F

X1R

y1 dn

x1 − ry1
(11)

with nT is defined as number of tubes,D the membrane
diameter,lm gives the membrane length,PF the feed pressure
and K1 the permeability for component 1. The length of
membrane in terms of HTU and NTU is given as below:

where HTU= lMnF

PFK1nTπDM
(12)

and

NTU =
∫ X1F

X1R

y1

x1 − ry1

[
1 + (α − 1)x1

x1(α − 1)(1 − x1)
(1 − θ)2

×
[(

x1

x1R

)(1/(α−1)) (1 − x1R

1 − x1

)(α/(α−1))
]]

dx

(13)

with x1 andy1 are defined as local retentate and permeate of
component 1, respectively, at any point along the membrane.
For local permeate,y1, can be solved for eachx1 using
equation:

y

1 − y
= α∗(x − ry)

(1 − x) − r(1 − y)
(14)

whereα∗ is the ideal separation factor for multi-component
gas in non-porous membrane and defined as (K1/Kmix).

The mole fraction of component 1 in the final permeate
based on crossflow module is obtained by

y1P = x1R
(1/(1−α))

(
1 − θ

θ

) [
(1 − x1R)

(α/(α−1))
(

x1F

1 − x1F

)(α/(α−1))

− x1R
(α/(α−1))

]
(15)

wherex1F is the mole faction of component 1 in feed streams,
θ = nP/nR, α = (y1/x1)(x2/y2) = actual separation factor
and whilex1R is the local rejection in the membrane unit.

The possible permeability for multi component gas is ex-
pressed as below:

Ki,mix = ε

zτRT

[
P̄ d2

p

8µi,mix
+

(
1

1/Di,mix + 1/Dkn

)]

+ 1

ε
DSρMf (16)

P̄ is taken as operating pressure because the pressure in the
pore is not measurable. Besides thatµi,mix, is defined as the
average viscosity for the multi-component gases, wheredp
the membrane pore diameter,εp the volume fraction in the
pores,τkn the tortuosity,M the molecular weight of the gas
andT the isothermal operating.

2.5. Pressure swing adsorber (PSA)

In this study, the PSA unit will be cooperated in paral-
lel with membrane unit to reduce the CO concentration to
less than 10 ppm before entering the fuel cell stack. Here
we use a PSA, because it is found that PSA has a number
of advantages in terms of product purity, product cost, op-
erating cost, capital cost, product recovery, and high energy
efficiency[21–23].

The adsorption of the component in a packed bed of ad-
sorbent is given by[24]

−DL
∂2c

∂z2
+ ∂(uc)

∂z
+ ∂c

∂t
+ (1 − ε)

ε

∂q̄

∂t
= 0 (17)

whereDL is the axial dispersion coefficient,u the intersti-
tial velocity, ε the bed porosity,q the concentration of the
component in the adsorbed phase andc the concentration of
the component in the gas phase in equilibrium with the ad-
sorbed component. If axial dispersion is neglected (DL = 0)
and the velocity is constant, then the solution ofEq. (18)
expressed as a breakthrough curve is given as

c

cF
≈ 1

2

[
1 + erf

(√
τ −

√
ξ + 1

8
√
τ

+ 1

8
√
ξ

)]
(18)

wherecF is the feed concentration of the component and

ξ ≈ kKz

u

(
1 − ε

ε

)
(19)

τ ≈ k
(
t − z

u

)
(20)

wherek is the mass transfer coefficient andK the Henry
constant. The length of the adsorber is estimated as the length
of adsorbent fully saturated with the adsorbate in equilibrium
with the component in the gas. The mass balance for this

case gives

QFcFtideal = 1
4qF(1 − ε)LbD

2
p (21)
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The diameter of the bed,DP is given as follows:

Dp =
(

4QF

επu

)0.5

(22)

A bed utilisation factor,τ/ξ ≤ τideal/ξ and δ is defined
by δ = t/tideal and by using this relationship between the
ideal time and the ideal length, the ratio of Klinkenberg’s
dimensionless ideal time and Klinkenberg’s dimensionless
ideal length is given simply by

τ

ξ
=

[
δ − ε

(1 − ε)K

]
(23)

Eq. (23)is solved simultaneously withEq. (18)at c/cF and
various values ofδ to get the actual curves ofτ andξ.

2.6. Fuel cell stack

PEMFC performance is limited by polarizations. A
good understanding of the effect of design and operat-
ing conditions on the cell potential is required in order to
reduce polarization. Major operating parameters include
cell temperature, pressure, reactant stoichiometry, and gas
stream composition. Generally PEMFC consists of three
major components namely; anode, typically featuring a
platinum or platinum-contain catalyst, a thin, solid poly-
meric sheet which acts as electrolyte, and a cathode, also
platinum-catalyzed. The reactions in a hydrogen/oxygen
fuel cell can be written as

anode : 2H2 → 4e− + 4H+ (24)

cathode : 4e− + 4H+ + O2 → 2H2O (25)

overall : 2H2 + O2 → 2H2O + electricity (26)

2.7. The design of electrodes

The total area,A for the gas flow at any point on the
electrode is given by

A = wdL (27)

wherew is the width for the gas distributor surface and dL
is defined as differential element for length. Assuming the
electrodes operates as a plug flow reactor, thus for reactant
A

FA = (FA + dFA) + (−rA) (28)

whereFA is the input of A (mol/time), (FA+dFA) the output
of A (mol/time),XA the conversion of A and rate of reaction
A, r is obtained from:

rA = inwdL

nF
(29)

for n = number of electron,in = current density andF =
Faraday constant.

SubstitutingEqs. (27)–(29), the simplified models of the
gas composition is obtained as a function of axial distance:

The molar composition,CA for each species in PEMFC
electrodes is calculated from a set of given inlet composition
gives

dCA

dL
= inw

FAnF
whereCA = PAyA

HA
andin = iAyA (30)

with Hi = Henry constant,yA = molar fraction of gas A
andPA = partial pressure of gas A.

FromEq. (30):

d[yAPA/HA]

dL
= iAyAw

FAnF
(30a)

d[yA]

yA
= HA

PA

iAw

FAnF

∫
dL (30b)

ln(yA) = HA

PA

iAw

FAnF
L

The gas composition for each species in PEMFC electrodes
is calculated from a set of given inlet composition:

XA = 1 − e[(HA/PA )(iAw/FAnF)L] (31)

The output voltage of the cell, considering thermodynamics,
mass transport, kinetics, and ohmic resistance are described
by [3,25–27]

Vcell = Enerst− (ηact + ηohm + ηconc) (32)

At present, there exist a limited number of published PEMFC
performance models, even more rare for the Ballard fuel cell
[26].

Nerst equation for hydrogen/oxygen fuel cell is given as

Enerst= 1.229− (8.5 × 10−4)(T − 298.15)

+ (4.308× 10−5)T(lnp∗
H2

+ 1
2 lnp∗

O2
) (33)

Activation polarization,ηact, is a result of the need to affect
electron transfer and to break and form chemical bonds in
the anode and cathode. The voltage loss due to activation is
calculated by[25]

ηact = ξ1 + ξ2T + ξ3T [ln(c∗
O2
)] + ξ4T [ln(i)] (34)

where the value ofc∗
O2

is defined as the water effluent from
the outlet of cathode

ξ1 = −�Gec

2F
− �Ge

αcnF
,

ξ2 = R

αcnF
ln

[
nFAk0c(c

∗
H2
)1−αcc∗

H2O

]
+ R

2F
ln

[
4FAk0

ac
∗
H2

]
,

ξ3 = R(1 − αc)

αcnF
, ξ4 = −

(
R

2F
+ R

αcnF

)

Ohmic polarization,ηohm, is caused by electrical resistance
losses in the cell. Electrical resistance is found in the elec-
trodes, the membrane (ionic), the fixtures that connect the
membrane-electrode assemblies (MEAs), and the interfaces
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between each component. The total ohmic polarization is
defined as (Bashuk and Xianguo, 2000)[33]:

ηohm = ηe
ohm + η

p
ohm + ηm

ohm = 2iwL(ξ5 + ξ6) + ξ7 (35)

where

ξ5 = ρeff
R,e

8ngδeL
(wc + ws) and ρeff

R,e = ρR,e

(1 − φe)3/2
,

ξ6 = ρR,p

L

(
hp

W
+ hc

W − ngwc

)
,

ξ7 = δm
(Iδ/Km) + (FKpCH+�Pa–c/KmµH2Oδm)

1 + F2KEC
2
H+/KmµH2O

However, the ohmic polarization can be reduced by using
components that have a high electrical conductivity and re-
ducing the thickness of the membrane layer, where the ac-
tual values ofηe

ohm and ηm
ohm should not be significant in

comparison toηp
ohm and can be assumed to be insignificant

[4,23].
Eq. (36)is an empirical approach to capture the smooth

drop-off of the polarization curves at elevated current den-
sities[28]. The parametersm andn are of empirical nature
and assumed as 0.000312 and 0.008, respectively. Besides
thatTable 1gives the value of the polarization parameters

ηconc = meni (36)

2.8. Material balance and heat balance

Fig. 2presents the flow chart diagram for overall material
balance of the system. Basically there are 15 numbers of
process streams in the system. The following paragraph will
develop the equations for the material balance in every unit.

Fig. 2. Flowchart shows the material balance of the system.

Table 1
The values of the polarization parameters

Parameter Values Typical

Enerst 1.182 0.953

ηact

ξ1 −0.948 9.8× 10−3

ξ2 3.93 × 10−3 9.8 × 10−3

ξ3 6.8 × 10−5 9.8 × 10−3

ξ4 −1.97 × 10−4 9.8 × 10−3

ηohm

ξ5 3.30 × 10−3 0.35
ξ6 −7.55 × 10−6 0.35
ξ7 −8.60 × 10−5 0.35

The overall reaction involved in ATR is given by

CH3OH + 0.5H2O + 0.25O2 → 2.5H2 + CO2 + (CO)

(37)

FromFig. 2, the flow rate of reactant is defined as

FM,1 = FM0 (38)

FH2O,2 = FS0 =
(
S

C

)
FM0 (39)

FO2,3 = FO20

(
O2

C

)
FM0 (40)

Let n1 = degree of the reaction andαi = stoichiometric.
It is defined as negative for feed reactant and positive for
product

n1 = XMFM,1

−αM
(41)
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The product gas for ATR is given by

• The mass balance for H2:

PH2,4 = αH2n1 = SHXMFM0 (42)

• The mass balance for CO2:

PCO2,4 = αCO2n1 (43)

• The mass balance for CO:

PCO,4 = αCOn1 (44)

• The mass balance for steam:

PH2O,4 = FH2O + αH2On1 (45)

• The mass balance for methanol:

PM,4 = FM0 + αMn1 (46)

• The mass balance for N2:

PN2,4 = yN2,3FO2,3 (47)

The product from ATR will enter the WGS reactor. WGS
reaction converts carbon monoxide in the presence of steam
to produce carbon dioxide and hydrogen. Basically for WGS
reaction, the equation is given as below:

CO+ H2O ⇔ CO2 + H2 (48)

Let

n2 = XCOFCO,4

−αCO
(49)

The mass balances of product stream from WGS reactor are
given as below:

• The mass balance for H2:

PH2,7 = (PH2,4 + RH2,6) + αH2n2 (50)

• The mass balance for CO2:

PCO2,7 = (PCO2,4 + RCO2,6) + αCO2n2 (51)

Fig. 3. The hydrogen selectivity for different oxygen/methanol ratio.

• The mass balance for CO:

PCO,7 = (PCO,4 + RCO,6) + αCOn2 (52)

• The mass balance for steam:

PH2O,7 = S

C
PCO,4 + αH2On2 (53)

• FromFig. 2,

F5 = S

C
PCO,4 − (PH2O,4 + F8 + RH2O,6) (54)

From WGS reactor, the product will pass through a water
adsorber unit in order to remove the excess steam in the
stream before entering the membrane unit. This is required
because excess of water in the membrane could reduce the
performance of the membrane. The material balance around
the water adsorber is given as

F9 = (1 − yH20,7)F7 (55)

F8 is the water product from the adsorber and will be recy-
cled back to the WGS reactor.F9, is the inlet stream to the
membrane unit. InFig. 3, the retentate stream for membrane
is defined asRi,6. This stream will be recycled back to WGS
reactor to convert the CO to hydrogen with the presence of
excess steam while the permeate stream is defined as,F10.
The overall material balance for membrane is given by

F9 = F6(1 − θ) + F10θ (56)

From the membrane unit, the permeate will enter the pres-
sure swing adsorber for further CO removal.

• The material balance for H2:

F10yH2,10 = F11yH2,11 + F12yH2,12 (57)

• The material balance for CO:

F10yCO,10 = F11yCO,11 + F12yCO,12 (58)

Finally, after the adsorber unit, the fuel cell will enter the
anode side of the fuel cell stack.Fuel cell stack are formed of
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a perfluosulfonic membrane as electrolyte coupled with two
electrodes (anode and cathode) built utilizing a substrate of
carbon-PTE coated with platinum as electrocatalyst. Oxygen
is fed to the cathodic compartment while hydrogen is fed to
the anodic one and the electrolyte performs both the function
of transferring H+ from the anode to the cathode and reactant
separation. The overall material balances for fuel cell stack
are below assuming other components like, N2, CO and CO2
are constant.

• For hydrogen:

PH2,13 = PH2,12 − 2

(
iaA

PH2,124F

)
(59)

• For oxygen:

PO2,13 = PO2,12 − icA

PH2,122F
(60)

• For water:

PH2O,15 = 2

(
iaA

PH2,124F

)
+ ka(yH2O − y∗

H2O)

+ kc(yH2O − y∗
H2O) (61)

whereka andkc are defined as the mass transfer coeffi-
cient.

2.9. Heat balance

Heat management is one of the important problems in
both low-temperature and high temperature fuel cells. Fuel
cell models can be built-up upon the conventional heat bal-
ance equation, but further consideration of electrochemical
reaction and its consequences should be taken into account
at the same time[29]. In the foregoing section the energy
balance of the system is described. From the energy bal-
ance, the net and gross efficiency of the system can be
estimated.

ATR is a thermally neutral process. ATR is combination
of steam reforming and partial oxidation process. Steam re-
forming process is highly endothermic while partial oxida-
tion is a exothermic process and this results to adiabatic or
slightly exothermic process for ATR. At the steady state, the
net thermal energy balance for the reformer can be calcu-
lated by the following relations:

QATR =
∑
P

ne[h
0
f + �h̄] −

∑
r

ni[h
0
f + �h̄] (62)

Water gas shift reaction is an isothermal process[19] and it
is normally operated at 200–250◦C [18]. The energy balance
across the WGS reactor is referred to equation:

QATR =
∑
P

ne[h
0
f + �h̄] −

∑
r

ni[h
0
f + �h̄] (63)

The TCM and PSM are operated at adiabatic condition. From
PSA, the stream will enter the fuel cell stack. For the purpose
of energy balance, it was assumed that the anode and cathode

gas would enter and leave the stack at a temperature of 70◦C.
The stack was thermally insulated, therefore heat balance to
the surroundings was assumed to be negligible. The overall
fuel cell reaction is a formation of water from hydrogen and
oxygen, producing electricity and heat. The relation of cell
reaction and formation of water from H2 and O2 is given by

Qanode=
∑
H2

(Cp,iyi)Ta,out −
∑
H2

(Cp,iyi)Ta,in (64)

The energy balance for the fuel cell stack is given by

Qcooling water= Qcell − (Qcathode+ Qanode+ Qloss) (65)

The energy conversion efficiency of fuel cell is higher than
of combustion engines or boilers. Yet a significant amount
of heat is released during the cell reaction. Thus, the heat
flux from the cell reaction depends on the hydrogen fraction
consumed by the cell reaction and on the current. The heat
flux is expressed by using enthalpy of the reaction as follows:

Qcell = (�Hf ,H2O)rH2 − QE (66)

whereQE is the power output of the stack.

Qcell =

∑

H2O

ne[h
0
f + �h̄] −

∑
r,i

ni[h
0
f + �h̄]


 i

2F
− iVcell,

i = H2,O2 (67)

The heat flux by each gas that comes in and goes out of the
stack is expressed by

Qcathode=
∑

H2O,O2

(Cp,iyi)Tc,out −
∑
O2

(Cp,iyi)Tc,in,

Qanode=
∑
H2

(Cp,iYi)Ta,out −
∑
H2

(Cp,iYi)Ta,in (68)

To evaluate the thermal radiation from the stack,Qloss three
terms were taken into account[30]:

Qloss = Qstack+ Qside+ Qrod (69)

whereQstack = heat loss from the stack such as compres-
sion plate,Qside = stack side thermal insulation wall, and
Qrod = stack compressions rod

Qstack =
∑

(AjKj(Ti−out − Ti−in)) (70)

Qside =
∑ (

AjλT

δR(Ti−out − Ti−in)

)
(71)

Qrod =
∑ (

π

4d2

λR

δR(Ti−out − Ti−in)

)
(72)

where i = Ain, Aout, Cin, Cout, and j = top, bottom,A
the effective heat transfer area,δ the thickness,λ the heat
conductivity,d the diameter of the compression rod andK
the overall coefficient of heat transfer and is given by

K = 1

δT/λTnT + δF/λFnF + δPλP
(73)
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wheren is the number of part, and subscript is for the com-
pression plate, T for the thermal insulator, F for the felt, and
R for the compression rod.

3. Results and discussion

3.1. Hydrogen selectivity for fuel source

The primary fuel source to the ATR system is methanol,
which is fed together with steam and oxygen. The ratio
of the three reactants can vary and are often chosen such
that the overall reaction is thermal–neutral or only modestly
exothermic. The ratio of oxygen and steam over methanol

Fig. 4. The hydrogen selectivity for different steam/methanol ratio.

Fig. 5. Results of material balance and design parameters.

are illustrated byFigs. 3 and 4. The ratio of O2:MeOH is
found to be between 0.20 and 0.25 for optimum methanol
usage and to ensure the overall reaction are thermally neutral
in terms of energy usage.

The hydrogen selectivity at this point is around 2.5–2.6 for
complete conversion of methanol, while for steam:MeOH,
the selectivity is obtained about 0.45–0.5 to yield the hy-
drogen selectivity of 2.5–2.6 for optimum methanol feed as
shown inFig. 3. With that, the ratio of MeOH:O2 is taken
as 1:0.25, however the steam is supplied in excess, therefore
the ratio of steam:MeOH is taken and 1:1.3, respectively.
The calculated hydrogen selectivity is used to determine the
amount of methanol needed to produce the required amount
of hydrogen.
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3.2. Material balance

Taking the hydrogen consumption in the fuel cell stack
as 1000 L/h of hydrogen for a power output of 1 kWe, the
total hydrogen required at the stack for a power output of
5 kW is calculated as 3.74 mol/min (0.17 m3/min). As for
a base case, feed flow rate of methanol,FMeOH is taken
as 4 mol/min (0.1 m3/min). Fig. 5 summarized the overall
material balance in mole percentage.

From the overall mass balance, the product from ATR is
determined as—H2: 73%, CO: 2%, and CO2: 25%. In the
WGS reactor, it is observed that the hydrogen recovery after
the WGS is only about 0.3–0.6% but the mole fraction of
CO is found to decrease from 2% to about 0.2%. Although
this is a very small drop but it is very significant in the
PEMFCs system because the concentration of CO reduces
from 20,000 ppm (after the reformer) to less than 2000 ppm
(after the WGS), assuming no reverse WGS reaction occurs.
However, if CO is being produced thermodynamically by
the reverse water gas shift reaction due to the excess steam,
it will only be in the range of 20–50 ppm[19]. As such
results, it denied the acquisition[15,18], that the WGS was
not needed in the fuel processor as one of the CO clean
up system. Although the main problem in WGS process
is the low temperature for catalyst activity and expected
to be the largest component in the system but this paper
proves that WGS reaction is very important in PEMFC unit
as secondary hydrogen source and primary CO clean-up unit.
Furthermore, the conceptual design proves that pressure can
be used as a control parameter to reduce the size of the
WGS reactor. CO is further reduced to 500 and less than
10 ppm after the TCM and PSA. Finally, the hydrogen at
the inlet side of anode is expected to be at 99.98%. Beside
that, Fig. 6 presents a summary of the heat balance across
the system as calculated by using the method explained in
previous section.

Neglecting the thermal radiation from the stack,Qloss, the
waste heat generated in the fuel cell stack is calculated as
1.4 kW.

3.3. Fuel cell system efficiencies

The net efficiency of fuel cell power plant can be calcu-
lated based on the stack electrochemical efficiency of 65%,

Fig. 6. Results of overall heat balance across the system.

Table 2
Fuel cell/fuel processing operating condition for base-case scenario

Parameter Value

Reformer temperature 250◦C
Reformer pressure 2 bar
Feed flow rate of MeOH 4 mol/min
Steam/MeOH 1.3:1
O2/MeOH 0.25:1
WGS temperature 250◦C
WGS pressure 5 bar
Steam:CO 30:1
TC membrane temperature 250◦C
TC membrane H2 outlet temperature 1 bar
PSA temperature 80◦C
PSA pressure 6 bar
Stack pressure 2 bar
Stack temperature 70◦C
H2/O2 ratio in the stack 1.5
Fuel cell current density 900 mA/cm2

and the power conditioner efficiency is suggested to be 90%
based on fuel processor and parasitic load[4]. The power
conditioner efficiency includes both rectifier and converter
[31]. The parasitic load energy includes all of the electrical
power that will be required to run any pumps and compres-
sor in the system. The parasitic load for PNGV automobile
with power output for 4–6 kW is estimated as 400 W using
mathematical models[32]. The base operating conditions
for the system are shown inTable 2.

The cell efficiency is defined as[5]

η = Vcell

Vref
(74)

For hydrogen:Vref = 1.25 V; while for methanol,Vref =
1.08 V. The portion of H2 for ATR and WGS can be calcu-
lated using the higher heating value of H2, HHV

(H2)ATR = Q0
rf

HHV
= 0.11 kmol of H2 (75)

(H2)WGS = QWGS

HHV
= 0.17 (76)

εgross= εfuel cellεpower conditionerεATRεWGS

= (0.65)(0.96)(2.5 − 0.11)(1 − 0.17)

2.5
= 49.5% (77)
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Fig. 7. Shows the volume for ATR at different temperature and pressure.

Fig. 8. Shows the volume for WGS reactor at different temperature and pressure.

Fig. 9. Results of the NTU andAM for ceramic membrane for different operating pressure.
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Fig. 10. Plots show the break through time and the PSA length.

Fig. 11. The characterization of fuel cell stack for this study.

εnet = εgrossεparasitic load (78)

The base-case simulation was compared to a variety of op-
erating condition. The operating temperature and pressure
for ATR and WGS reactor were varied between 220 and
260◦C and from 1 to 5 bar, while the ratio of O2:MeOH and
steam:CO were maintained at 1:4 and 1:30, respectively (re-
fer to Figs. 7 and 8). The pressure for membrane was varied
from 5 to 20 bar (refer toFig. 9), and the solution of bed
length was then expressed as a function of the bed utilisa-
tion factor,δ for adsorber (refer toFig. 10). Finally Fig. 11
presents the voltage, current density and power density for
the fuel cell stack in this study. As the objective of this study
is to conceptually design a 5 kW PEMFC via simulation,
henceTable 3presents the principal variables and the output
condition for the base case.

From the base simulation, the parasitic load was over
8% of the total power produced. The gross efficiency is
calculated as 49.5% while the net efficiency is estimated as
45.5%. Note that the heat losses from the heat exchangers are
neglected in this study. The TCM and PSA are presumably
operated at adiabatic condition.

Table 3
output conditions for base-case simulation

Parameter Value

ATR exit: dry mol fraction of H2 72.2%
ATR exit: dry mol fraction of CO 2%
Methanol flow to ATR 5.76 kg/h
Volume of ATR 250 cm3

WGS exit: dry mol fraction of H2 72.8%
WGS exit: dry mol fraction of CO 0.2% ppm
Volume of WGS 400 cm3

TC membrane recovery of H2 95% (atθ = 0.4)
Membrane: dry mol of CO 0.05%
Size of membrane 10 cm× 25 cm
PSA purification 99.98% (atc/cf = 0.01)
CO concentration before entering stack<10 ppm
Size of PSA 0.22 cm× 0.25 cm
Voltage for single cell 0.7 V
Active surface area 247 cm2 × 30 number of cell
Power conditioner efficiency 90%
Fuel cell efficiency 65%
Fuel processor efficiency 80%
Parasitic load 0.4 kW
Net efficiency 45.5%
Electrical power produced 5.5 kW/dc



112 S.K. Kamarudin et al. / Chemical Engineering Journal 103 (2004) 99–113

4. Conclusion

A simulation based on shortcut design methods was used
to design a PEM fuel cell. The first part of this paper ex-
presses the short-cut design methods for ATR, WGS, Mem-
brane, PSA fuel cell stack in the PEMFC system based on
the design parameters for each units. It also shows the ex-
pression for actual rate of reaction in ATR and WGS, selec-
tivity of methanol over steam and water for feed source, and
the reactor design considering variations in volume that are
always neglected by most of the researchers. From most of
the previous studies, the design of the ATR is solely based
on the steam reforming reaction by assuming the partial ox-
idation happens very fast. In this paper, however, the rate
of reaction is derived based on both reactions by consid-
ering the varying of the volume expansion. For membrane
unit, the expression of length and surface area is simplified
in terms of NTU and HTU. The term NTU relatively de-
scribes the degree of separation relative, and HTU describes
the physical and mechanical property of the selected mem-
brane. Besides that, as a PSA process is quite complicated
and there are many parameters to be decided, here we sim-
plify the design of the PSA by using the Klinkenberg so-
lution of the breakthrough curve for a linear driving force
mass transfer and a linear equilibrium isotherm, and a rela-
tionship between the dimensionless time,τ, and the dimen-
sionless bed length,ξ, which are the function of the bed
utilisation parameter,δ. Daud bed utilisation factor derived
by one of the authors is also introduced in this paper as bed
utilisation parameter. Finally, a mathematical model of PEM
fuel cell stack is also presented by taking into consideration
all the polarization factor, current density and mole fraction
of gases and polarization behaviour along the gas surface
area.

Hydrogen was produced from methanol and water
by auto-thermal reformer. The CO produced from ATR
(20,000 ppm) later was reduced to less than 2000 ppm by
WGS. After that the stream enters the TCM and PSA for
the purpose of H2 purification. Finally the flow enters the
stack as 99.9% of hydrogen and 5 ppm of CO. A systematic
evaluation for the performance of a fuel cell power plant
using methanol as fuel is undertaken by obtaining the power
plant efficiency. The results indicate that the gross power
plant efficiency is 49.5%. This gross power efficiency in-
cludes the fuel cell, power conditioner and fuel processor
efficiency only. Upon considering the parasitic load as 8%,
the net power plant efficiency reduces to 45.5%.
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